
Fluid Flow Patterns and Velocity Distribution 
on Commercial-Scale Sieve Trays 

A fluorimetric technique was used to determine detailed residence time and R. B. SOLAR1 and R. L. BELL 
velocity distribution on commercial sieve trays installed in a five-tray, 1.22 m dia. 
air/water simulator. Results show a strong effect of the gas rate on the residence 
time distribution. At low air rates, isochron lines of high residence time are found 
at the column wall. and the variance distributions suggest the existence of zones of 
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different degrees of mixing. The velocity profiles at F, (vapor velocity load) factors 
less than 0.65 show severe flow nonuniformities characterized by a high velocity 
at the centerline and stagnant zone close to the wall. At higher F, factors the 
velocity maldistribution seems to be relatively mild. Correlations are presented 
to estimate the velocity distribution on the tray as a function of the gas rate. 

SCOPE 

The use of sieve and valve trays is very common in current- 
design distillation units. Most of the information on large size 
tray design is given in the form of empirical correlations ob- 
tained from pilot plants, which do not take in account the 
actual flow patterns on the tray. This type of correlation is so 
widespread that Bolles (1976) has recommended using the 
same correlations to estimate the efficiency of both sieve and 
valve trays. Garret et al. (1977) have also assumed similar mix- 
ing characteristics for the two types of trays. However, it has 
been shown that flow and mixing patterns are highly depen- 
dent on tray design and flow conditions (Bell, 1972a; Aleksan- 
drov and Vybornov, 1971; Porter et al., 1972); therefore it 
should be expected to find different tray performance for dif- 
ferent designs. The type of liquid flow configurations found in 
large size trays include liquid channeling, by-passing, nonuni- 
form velocity distribution, stagnant zones, and flow recircula- 
tion. Fell and Pinczewski (1977) have also noted that an indus- 
trial sieve tray of a given design may operate in one of a 
number of hydrodynamic regimes depending on vapor and 
liquid loading, which in turn will influence tray efficiency. 
However, none of these types of flow nonuniformities have 
been considered in the current methods of tray prediction. 
Throughout the literature the underlying assumption regard- 
ing fluid motion has been that of a uniform rectilinear velocity 
field with superimposed eddy mixing effect. Nonuniform flow 
patterns have not been included in the tray efficiency predic- 
tion mainly because there have been only a few serious at- 
tempts to measure the actual flow patterns (Bell, 1972% Alex- 
androv and Vybornov, 1976; Weiler et al., 1973; Solari et al., 

1982; Sohlo and Kinnunen, 1977). So far, it is not clear from 
the data reported in the literature what type offlow configura- 
tion can be expected for a given type of design for a set of 
operating conditions, and the liquid velocity distributions on 
the tray still remain unknown. 

Bell and Solari (1974) have shown that a simple nonuniform 
velocity distribution, even in those cases where mixing is not 
an important factor, can substantially reduce the tray effi- 
ciency. If retrograde flow is present, depending on the inten- 
sity of velocity maldistribution, the efficiency is further af- 
fected. In severe cases, it was shown that ratios of Murphree 
tray efficiency to point efficiency (EMVIEOG) less than unity 
were possible. In the model used for these calculations the 
parameters involved were related to the velocity distribution 
including retrograde flow and stagnant zones. 

The objectives of the study presented here were to deter- 
mine the effect of liquid and vapor flow on mixing and flow 
patterns on an industrial sieve tray, to measure velocity distri- 
bution, and to evaluate the parameters of the retrograde flow 
model presented in our previous papers (Bell and Solari, 
(1974), Solari and Bell (1978)). A five-tray, commercial-scale 
air/water simulator was used to determine detailed residence 
time and velocity distribution on commercial sieve trays. A 
fluorimetric technique, in which the response of the system to 
a pulse injection of fluorescent dye could be measured at a 
point, was used. The experimental data obtained were used to 
evaluate the adjustable parameters of the retrograde flow 
model and to compare tray efficiency predictions for industrial 
services reported in the literature. 

CONCLUSIONS AND SIGNIFICANCE 

The residence time distributions are strongly affected by the 
gas rate and show extended residence time near the wall and 
relatively shorter residence time near the centerline. 

These results are qualitatively identical to those reported by 
Bell (197213) for trays in hydrocarbon service, and they indi- 
cate severe flow nonuniformities in the tray. The variance 
distributions show characteristics very similar to the residence 
time distribution and they suggest the existence of zones of * The present address of R. B. Solari is INTEVEP, S .  A.. Caracas, Venezuela. 
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different degrees of lateral mixing on the tray, specifically at 
low gas rates. No significant retrograde flow was found with the 
tray design being studied except for F. factors below about 
0.65. Even under these conditions, the zones were more like 
stagnant areas with some degree of back-mixing than like true 
retrograde flow zones. The fact that strong evidence of flow 
recirculation was found in the absence of air flow indicates that 
the gas rate has a strong influence in shaping the liquid flow 
patterns on the tray. 

Linear velocity distributions were measured with f 10% ac- 

curacy. The velocity profiles at F, factors less than 0.65 show 
severe flow nonuniformities, characterized by a high velocity 
at the centerline and a stagnant zone close to the wall. At 
higher F. factors the velocity maldistribution seems to be rela- 
tively mild. In nearly all the cases the dimensionless velocity 
profiles can be approximated as linear with slip at the wall. 
Correlations are presented to predict the velocity distribution 
on the tray as a function of the gas rate, and are used together 
with the retrograde flow model to predict tray eficiency for an 
industrial size tower. 

INTRODUCTION 

The increasing use of large-diameter columns in distillation 
service has brought investigations of the liquid flow patterns on 
distillation plates, in view of the fact that flow nonuniformities 
such as stagnant or recirculating zones have been detected ex- 
perimentally. However, only a few authors have been able to 
measure these flow nonuniformities. Alesandrov and Vybornov 
(1971) studied liquid flow on a 1.2 m valve tray air-water simu- 
lator. They found clear evidence of acomplex flow pattern with 
dead zones covering between 15 and 26% of the tray area. 
Later, two independent studies revealed the presence of sub- 
stantial flow maldistributions on sieve trays. Porter et al. (1 972) 
reported the effect on tray efficiency of stagnant zones ob- 
served in a simulator. This work was continued in a series of 
papers in which the effect of channeling on tray efficiency was 
studied by means of a theoretical model that includes lateral 
stagnant zones (Lockett et al., 1973,1975; Lim et al., 1974). It 
was concluded from this work that channeling can have a strong 
effect on tray efficiency of trays of 3 m dia. or greater. At the 
same time an extensive study of residence time distribution 
(RTD) on sieve trays in commercial-scale distillation towers in 
hydrocarbon service was underway at Fractionation Research 
Incorporated (FRI). The technique and the results were re- 
ported by Bell (1972a,b) and demonstrated the presence of 
remarkably nonideal residence time patterns, and in some cases 
actual retrograde flow along the sides of the tray. 

Bell and Solari (1974) have also proposed a theoretical model 
that considers a nonuniform velocity distribution in the ab- 
sence of transverse mixing. The velocity profile is assumed to 
be an adjustable parameter which depends on the fraction (p)  
of the tray area carrying the flow in the forward direction (i.e., 
from inlet downcomer to outlet weir) and the fraction (a) of the 
net flow to the tray that appeared in the retrograde stream. 
Neither of these two parameters was known for operating trays. 
Solari and Bell (1978) extended the retrograde flow model for 
the case of partial transverse mixing and found that a high de- 
gree of transverse mixing was required to overcome the unfa- 
vorable effect of velocity gradients on tray efficiency. 

Biddulph (1977) and Biddulph and Ashton (1977) have re- 
ported eddy diffusivity values from industrial data which indi- 
cate that mixing characteristics on each tray vary strongly with 
the superficial air velocity. Brambilla (1976) also reported from 
comparison with experimental values that at high values of 
AEOG, the presence of flow maldistributions emphasizes the 
effect of vapor mixing, and justifies the actual trend for design- 
ing controlled-flow plates to eliminate liquid maldistribution. 

At FBI, experiments have been performed that involved con- 
trolling the flow by shaping the apron of the inlet downcomer 
and the outlet weir to prevent retrograde flow. The residence 
time patterns obtained from the “flow control” tray were 
nearly ideal, with the isochrons (lines of constant residence 
time) being almost parallel to each other and to the outlet weir. 
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Similar patterns were obtained by Weiler et al. (1973) on a 
7.62 m dia. tray by placing directional slots on the tray. 

Yanagi and Scott (1973) have reported the results of the FRI 
experiments conducted with the flow control sieve trays in a 
1.2 m dia. column using a hydrocarbon system. When the re- 
sults of the experiments using flow control trays were com- 
pared to previous experiments with identical sieve trays with 
standard hardware, under identical operating conditions, it was 
found that there was very little difference between the overall 
efficiencies of the two tray designs tested. An explanation for 
this startling conclusion could be generated by careful selec- 
tion of the parameters in the theoretical model proposed by 
Bell and Solari (1974). However, without experimental evi- 
dence to relate the parameter values to actual tray perform- 
ance, such explanation would be at best an arbitrary exercise. 

Solari et al. (1982) measured velocity profiles in a 1.25 m 
airlwater simulator using 5% downcomer area sieve trays with 
5, 10, and 15% hole area. These experiments showed that the 
size of the nonuniform flow region ranges from 5 to 60% of the 
bubbling area, including retrograde flow and stagnant zones. 

The study reported in this paper is directed toward measur- 
ing the required parameters on commercial-scale trays. To re- 
produce the column geometry as closely as possible, a 1.22 m 
dia. air/water simulator was built for this study. 

EXPERIMENTAL 

Apparatus 

The process and instrumentation diagram for the distillation simula- 
tor system is shown in Figure 1. The column consists of a bottom re- 
ceiver 1.22 m in &a. and 1.3 m high, and two column sections 1.83 m 
long mated to the top of the receiver. In this study there are five trays in 
the column with the experimental tray being in the center (tray 3). 
Pressure taps are located so that the pressure drop across individual 
trays can be measured. Tank-0-Meter’s are installed on tray 3 to mea- 
sure clear liquid height at two positions on the tray. A sight glass is 
installed to measure the clear liquid height in the downcomer leading to 
tray 3. The trays are standard commercial sieve trays furnished by FFII, 
and the design details are summarized in Table 1. 

The column is well controlled and conditions can be precisely repro- 
duced. The air flow ranges from shutoff to 1.23 m3/s at 114.6 kPa abso- 
lute pressure. Water can be supplied at flow rates from 3.15 X to 

TABLE 1. T R A Y  DETAILS 

Tray diameter, m 1.213 
Tray spacing, m 0.61 
Weir length, m 0.925 
Outlet weir height, m 
Downcomer length, m 0.572 
Hole diameter and spaces, m 
% Bubbling area (over total area) 

% Downcomer area (over total area) 

0.05 or 0.10 

0.0127 X 0.05A 
76 
5 
12.5 

% Hole area (over bubbling area) 
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Figure 1. Process and instrumentation diagram of air/water simulator. 

18.93 X m3/s. To enable the unit operate at high water-flow rates a 
7.4 m3 surge tank is provided. During startup, the water is recycled to 
the tank via valve CV-2. During the dye shot experiments the column 
discharge is sent to the sewer also via valve CV-2, preventing the 
buildup of a circulating load of dye in the feedwater. 

Data Acquisition System 

The complete details of the fiber-optic detection system used in this 
study have been published elsewhere (Bell, 1972a). The data system is 
based on the use on Uranine dye, which is excited by light coming from 
one limb of a fiber optic. As the tracer pulse passes the tip ofthe probe, it 
is activated and aportion of the fluorescence is transmitted through the 
second limb of the fiber optic bundle to a photomultiplier tube. From 
here, the signal is sent to an electrometer/filter amplifier. The amplifier 
output is serially multiplexed and digitized. The digital signal is con- 
verted to a teletype code and transmitted via hard wire to an XDS Sigma 
2 computer. The data are logged into storage and at the completion of 
the run, the zeroeth, first, and second moments and the second central 
moment (variance) of the concentration time distribution at each probe 
location are computed. The total time from completion of an experi- 
ment to printed results is less than 30 s. 

The layout of the 25 light pipes placed in tray 3 and its downcomers is 
shown in Figure 2. Inside the column, a rectangular frame is installed to 
hold the probes in place. The tip of the pipe faces the tray surface and is 
perpendicular to the water flow. It is heldabout 0.038 m above the floor 
on the tray and 0.057 m from the floor in the downcomers. 

Procedure 

Two types ofexperiments were conducted in this study. The first type 
was directed to measure residence time distribution (RTD) in the tray 
and was the same type as those reported by Bell (1972b). The dye pulse 
was injected into the downcomer leading to tray 4. The injection time 
was 1 s for all the experiments. The pulse response was simultaneously 
detected in 22 channels (probes 1 to 22) corresponding to the probe 
layout given in Figure 2. Data were read at a rate of 0.04545 s per 
channel, which means that each channel was sampled each 1 s. In this 
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way the concentration-time curve at each probe is stored in the com- 
puter as a series of points separated by discrete time intervals. 

A special set of experiments was designed to measure the RTD in the 
downcomers. In these experiments only the five probes located in the 
downcomers (probes 19,20,21, 22, and 23) were monitored. 

The second kind of experiment was designed specifically to measure 
the linear velocity across the tray by injecting a pulse of dye on tray 3 
just outside the downcomer apron and in line with alongitudinal row of 
probes. A pulse of dye was injected at one of the four injection points 
located at the same position as probes 1 , 2 , 3 ,  and 4 (see Figure 2). The 
injection time was 0.2 s. Only the pulse responses from the four probes 
in line with the injection points were monitored at a sample rate of 0.2 s 
per channel. 

From the moments of the resultant RTD's the average velocity of the 
fluid was calculated by dividing the distance between two consecutive 
probes located in the same longitudinal row by the difference in mean 
residence time between the two probes. Referring to Figure 2, veloci- 
ties were determined between the probe line composed of probes 5 ,6 ,  
7, 8 and probe line 9, 10, 11, 12, respectively. Velocities were also 
measured between this last probe line and the line 13, 14, 15, 16, 
respectively. The first calculation yields an average velocity distribu- 
tion in the middle section of the tray, the second approximates the 
velocity distribution at the tray outlet. 

RESULTS AND DISCUSSION 

Experimental results obtained from measuring tray clear liq- 
uid heights at different gas and liquid flow rates were corre- 
lated by regression analysis to fit the following prediction equa- 
tion. 

b = 1.4 X lo-* + O.4hw + 2.21Lw - 0.O135Fs (1) 
The coefficient for the outlet weir height h, was obtained by 

comparing the data for 0.05 and 0.1 m weir heights. This factor 
is double the value given in the AIChE (1958) correlation to 
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Figure 2. Probe layout for tracer detection on tray number 3. 

predict liquid holdup. Flow dependence of the clear liquid 
level was found to be  very similar to the prediction of the 
AIChE, which gives coefficients 2.45 for L, and -0.0135 for 
F.. 

Data Reproducibility 

the  reproducibility of the mean residence time used to evaluate 
the velocity between consecutive probes. As a conclusion of 
this reproducibility analysis it can be  said that the average error 
in the velocity determination is less than 10%. 

Residence Time Distribution Results 

In order to  check data reproducibility, a series of 16 repli- 
cates for a typical RTD experiment was performed under ex- 
actly the same flow conditions. The average of the four average 
replicates together with the standard deviation and the percent 
of standard deviation were calculated for 20 channels. The 
average deviation between replicates was 2.9% for the mean 
residence time and 15.8% for the secondcentral moments. For 
the purpose of this study, these percent deviations indicate a 
sufficient degree of data reproducibility. Sampling rate was 
found not to have an important effect in data accuracy. In fact, 
the  results did not show a continuous decay as the sample rate 
was increased, but rather they reflected the random behavior 
of the system. 

Data reproducibility of the velocity determination experi- 
ments was also studied. Two sets of experiments at two differ- 
ent flow conditions were replicated four times each, and repro- 
ducibility was analyzed both for the mean residence time and 
velocity results. The two flows were selected to represent con- 
ditions of low and high dispersion on the liquid phase. 

The standard deviation for the FNM values ranged from 0.9 
to 11.5%, at an average of 5.4%. This gives agood estimation of 

Typical results from the RTD experiments are presented in 
Figure 3 as a set of plots mapping the residence time and var- 
iance distributions on the tray for different flow conditions. 
Residence time profiles were obtained by tracing lines of con- 
stant residence time (isochrons) across the 18 probes located on 
the tray. Lines of constant variance were obtained in a similar 
fashion to map mixing patterns on the tray. 

The distinctive feature of these profiles is the zone of ex- 
tended residence time and variance near the wall and the rela- 
tively shorter residence time and variance near the centerline. 
This is particularly evident at low liquid and gas load where an 
actual pooling of liquid seems to  occur. The pooling conditions, 
characterized by lines of high residence time and variance at 
the wall, are more severe at low gas flow rates. The effect of an 
increasing water flow rate in this case is limited to reduce the 
pooling zone to a narrower extension. As the gas rate increases, 
the pooling region is shifted toward the outlet weir until it 
almost vanishes at the highest gas load. These results suggest 
that mixing patterns on the tray are far from uniform, and zones 
of different degrees of mixing are present on the tray. 

The residence time and variance profiles obtained in this 
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Figure 3. RTD and variance profiles: a) F. = 0.462; b) F. = 0.655; c) F. = 1.105; d) F. = 1.464. 

study are almost identical to  the patterns observed in the FRI 
experiments reported by Bell (1972b). The F’RI results indicate 
the existence of pooling zones at F. greater than those for which 
pooling ceased to exist in our study for equivalent liquid flow 
rates. For example, Bell found extensive zones of high resi- 
dence times at F, = 0.699 for a liquid load of 7.06 X m3/s. 
In our experiments, at the same flow conditions, the pooling 
zones were smaller and shifted toward the outlet weir. This 
difference probably arises from the difference in tray designs 
used in the respective experiments. 

Effect of Liquid and Gas Flow Rate 

Figures 4 and 5 illustrate the variation of mean residence 
time and variance, respectively, along the transverse direction 
of the tray for different Fa factors. These values are for the 
probes located over the transverse centerline of the tray. Both 
figures show sharp gradients in the transverse direction at low 
F, factors. As F, increases the crossplot curves become more 
flat, showing an appreciable reduction in the transverse gra- 
dient. Note that mean residence times tend to increase at the 
centerline and decrease near the wall as the gas rate increases. 

The dimensional variance a2 at a given position on the tray is 
affected both by convective and turbulent dispersion effects. 
There is little doubt that the high variance at low air flow rates is 
caused by the presence of pooling regions near the wall. The 
effect of an increase in vapor load appears to be to  destroy these 
pools, thereby producing a more uniform lateral mixing. In 
general, for those flow conditions in which convection is the 
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predominant effect, the  variance shows a continuous decrease 
with an increasing gas rate, as can be observed in Figure 5. 
However, as the flow conditions become such that the turbu- 
lence created by the violent action of the vapor overcomes the 
convective effect, any further increase in gas load will produce 
more turbulence, therefore increasing the amount of turbulent 
mixing. This explains the minimum observed in Figure 5 as Fa 
increases. 

The results reported here  are in apparent contrast with most 
of the previous studies. The reason that previous researchers 
only observed an increase in mixing with increasing F, factor is 
that in most cases small rectangular simulators were used, in 
which pooling zones and nonuniform velocity distribution are 
not likely to develop. Barker and Self (1962) have reported that 

a W-shaped curve is noticed in a plot of the mixing parameter E 
against the F, factor at low values. The explanations found in the 
literature accredited this unusual behavior to gas velocity ef- 
fects on froth structure. 

Figure 6 is a plot of the difference between the mean resi- 
dence times at the centerline and at the column wall as a func- 
tion of F, factor at different water flow rates. Although there is a 
significant scattering in the data, the decay in the lateral gra- 
dient as F, increases can approximately b e  described by the 
same curve for all the water flow rates. Perhaps these gradients 
are somewhat lower at the highest water flow rates, but the 
relationship is not clear and the data suggest a random behav- 
ior. 

The residence time profiles obtained in these experiments 
contain the effect of the tray above and downcomers. In an 
attempt to  isolate the overall mean residence time for the test 
tray, the differences between the FNM's from the two down- 
comers were calculated. In Figure 7 the overall tray mean resi- 
dence time AO,, is presented as a function of the air and water 
flow rates. The overall difference AO, was calculated as the 
average of AO, and A&-, which represent the differences of 
the FNM's between probes 19 and 21 at the sideline, and 
probes 20 and 22 at the centerline, respectively. Figure 7 
shows that AO,, decreases sharply with the liquid load, as could 
be  expected since the mean residence time is related inversely 
to the liquid flow rate and directly to the tray clear liquid 
height. The Fs factor seems to have little effect on the overall 
tray mean residence time despite the fact that an increase in gas 
rate causes a decrease in tray clear liquid level. 

It is clear from these graphs that the gas rate has a strong 
influence on the liquid flow patterns in the tray. Although the 
residence time is directly proportional to the water rate, the 
liquid load has less influence in shaping the flow distribution 
than does the gas flow rate. 

Velocity Distribution 

Typical velocity distribution curves obtained from the veloc- 
ity determination experiments are presented in Figure 8. The 
dimensionless velocity distribution shown in Figure 9 was cal- 
culated by dividing the linear velocity by the volumetric aver- 
age velocity. The underlying profiles show that the linear ve- 
locity at the centerline is between 1.1 to 2.8 times the average 
velocity, depending on the flow conditions. The velocity at the 
wall is only a fraction of the average velocity. 

Although the pattern of isochrons seemed indicative of more 

0 0.25 0.5 0.75 I 1.25 1.50 
Fs  [ r n / s - ( k ~ l r n ~ ~ " ~ ) ~ ~  

Figure 6. Difference between mean residence time at centerline and at wall as a function of Fa factor. 
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severe flow nonuniformities, the underlying velocity maldistri- 
bution seems to be  relatively mild except at low gas rates. The 
velocity profiles at low F, factors show severe flow nonuniform- 
ities characterized by a high velocity at the centerline and a 
stagnant zone close to  the wall. The variance in this region was 
as large as 60 se which is almost 25 to 30 times the variance in 
the forward-flow region. Evidently, in this condition of high 
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Figure 8. Velocity distribution, m/s. 
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dispersion any attempt to evaluate the linear velocity lacks sig- 
nificance. Therefore, the velocities were assumed to be zero in 
the zones of high dispersion, as shown in Figure 9. However, 
the presence of zones of high residence time and variance does 
not necessarily mean that the zones are stagnant. There is also 
the possibility of liquid recirculation, which could cause the 
same type of profile. To clear up  this point, dye was injected at 
probe positions 13, 18, and 17, showing only a very weak re- 
sponse in the probes back to the injection points. These results 
show no evidence of recirculation flow, but rather indicate the 
presence of stagnant zones with some degree of backmixing 
due to the random movement of liquid particles caused by the 
bubbling action of the gas. However, the same experiments 
performed with a blanked tray, in the absence of air flow, gave 
strong evidence of flow recirculation. In the water table experi- 
ments, most of the dye injected at position 18 was detected 
back in positions 17,5, and 1. Dye injection at positions 3 and 4 
also showed strong signals at positions 17 and 18, which has not 
been observed in the air/water froth experiments. 

As both the gas and liquid rates are increased, flow nonuni- 
formities are reduced but not completely eliminated. At the 
highest gas rates, even though there continues to be smaller 
velocities at the wall, the  velocity distribution curves become 
more nearly flat and the pooling tendency is almost completely 
eliminated. This behavior could be explained by considering 
that the net effect of an increase of gas flow rate would be to 
displace part of the high volumetric flow in the centerline 
toward the column wall, thereby improving the flow distribu- 
tion on the tray. 

The effect of an increase in liquid flow rate is to increase the 
dimensional velocity. However, the liquid velocity is not di- 
rectly proportional to the liquid rate, due to the increase in tray 
clear liquid level with water rate. It is clear then, that the effect 
of the gas is fundamental in the  underlying flow patterns that 
describe the route by which the liquid travels from inlet to 
outlet. This is determined by the momentum of the gas jets 
flowing through the tray holes. The momentum or energy in- 
troduced by the gas tends to  brake the recirculation pattern and 
to  displace the liquid near the wall at a higher velocity. 

Since an increase in hole area and a reduction in weir length 
will decrease the gas velocity for the same gas flow rate, it 
should be  expected that for tray geometries with higher per- 
centages of hole area and shorter weir lengths, retrograde flow 
will likely be much more severe. Probably this was the case for 
the experiments reported by Bell (1972b) in a FRI tray with an 
8% hole area, where flow recirculation was evident. 

The dimensionless velocity profiles obtained in these experi- 
ments can be  approximated as linear with slip at the wall in 
nearly all the  cases. It was also verified that they are indepen- 
dent of the liquid flow rate since any difference is within experi- 
mental error (k 10%). Therefore, by assuming a linear distribu- 
tion and considering the dimensionless velocity profiles as a 
function only of the gas rate, a one-parameter correlation can 
be approximated to  describe the velocity distributions. 

In Figure 10, the dimensionless velocity at the tray center 
9(O) has been plotted against the F, factor. The relationship 
between these two parameters can be  expressed by the follow- 
ing equation: 

q(0) = 1.53(Fs)-0~5e (2) 
The fractional slip velocity 9,. defined by the ratio of wall 

velocity to mean velocity, is given by the following equation for 
the cases in which the entire tray is carrying the forward flow, 

(3) 
The velocity maldistribution can then be estimated for a 

(4) 

given set of flow conditions by replacing 9s in Eq. 4. 

9 ( t )  = 2(1 - 9,)O - 0 + 9. 
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Figure 9. Dimensionless velocity profiles as a function of gas flow rate. 

Figure 10 shows that at F,factors lower than 0.65 the central 
velocity 9(O) is larger than 2. According to Eq. 3, the slip veloc- 
ity should be  negative, which would indicate the presence of 
retrograde flow. Since no evidence of significant retrograde 
flow was found with the tray being studied, this result suggests 
that the velocity profiles at F, factors lower than 0.65 may be  
represented by a forward flow region with a linear velocity 
profile flanked by stagnant zones with zero velocity, according 
to Eq. 5: 

wherep represents the area fraction of forward flow and can be  
calculated as: 

(6) 
9(0) 

Since 9(O) is independent of liquid rate, the area fraction of 
forward flow, B, will depend only on the gas rate. It should be  

P=- 2 

kept in mind that the velocity profile is also a function of the 
tray geometry, therefore the correlations presented here are 
limited only to sieve trays with 5% hole area and 12.5% down- 
comer area. 

Efficiency Prediction 

The experimental evidence gathered in this study enables us 
to use the theoretical model presented in our previous papers 
(Bell and Solari, 1974; Solari and Bell, 1978) to analyze effi- 
ciency data from industrial operation of fractionating units. For 
those cases in which the entire tray is carrying the forward flow 
the value of p is unity and the fractional retrograde flow, a, is 
zero. Given these values it is now possible to determine the 
theoretical effect on efficiency. 

Experiments performed by Yanagi and Scott (1973) at FRI 
showed very small differences in tray efficiency for trays with 
uniform and nonuniform flow. The Peclet numbers reported in 
the FRI experiments using organic systems, as well as that cal- 
culated here for the air/water experiments, were in excess of 30 
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Figure 10. Dimensionless velocity at tray center as a function of gas flow rate. 
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Figure 11. Murphree tray efficiency as a function of AEOG. 

and therefore could be  taken as infinite. The values of AEOC for 
the FFU studies were in the range of 0.7 and the F, factor was 
around 0.975. Figure 11 is a plot of the ratio of Murphree tray 
efficiency, EMV, (Bell and Solari, 1974) for a tray on which a 
linear velocity distribution exists, to  the ideal efficiency, 
EMVO, obtained assuming uniform velocity distribution. The 
parameter is the fractional slip velocity at the wall for the linear 
distribution at Peclet number infinite. For F, = 0.975, Eqs. 2 
and 3 yield a qb of 0.38, and for AEOG = 0.7 the EMV/EMVO 
ratio from Figure 1 1  is about 0.95. The predicted increase in 
efficiency by exactly correcting a tray to uniform flow condi- 
tions is therefore 5%. Considering the fact that the flow control 
tray retained some flow nonideality, and considering experi- 
mental error, it now appears that large changes in efficiency 
should not have been expected. 

In order to use these results in tray design practice, more 
experimental work is still required, especially to obtain corre- 
lations to  predict tray velocity distribution as a function of tray 
geometry, system properties, and operating conditions. Solari 
e t  al. (1982) have already initiated experimental work oriented 
in this direction that has shown the feasibility of obtaining such 
correlations. 
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NOTATION 

b = clear liquid height in tray, m 
D = tray diameter, m 
E = turbulent eddy diffusivity 

EMVO = ideal Murphree tray efficiency 
EMV = overall Murphree tray efficiency 

EOC = Murphree point efficiency 
F, = v P A / * ,  m/s(kg/m3)’/* 

FNM = first normalized moment, s 
h, = outlet weir height, m 
L, = volumetric liquid flowrate/average tray width, 

P, = Peclet number 
Pe, = Peclet number in the flow direction 
Pet = Peclet number in the transverse direction 

m2/s 

q(t;) = normalized velocity distribution function 
q(0) = normalized velocity at the tray center 

q, = slip velocity at the wall 
Q = liquid volumetric flowrate, m3/s 
V =  superficial vapor velocity, m/s 
V_= linear liquid velocity, cm/s 
U = average liquid velocity, cm/s 
Z = dimensionless ordinate in the liquid flow direction 

Greek Letters 

a = volumetric fraction of liquid recycled 
p = forward flow area/active area of the tray 
1 = ratio of the slope of the equilibrium line to the 

< = dimensionless ordinate in the direction normal to  

A = difference operator 
po = vapor density 
o2 = dimensional variance, s2 

SCM = second central moment 
OT = mean residence time, s 

operating line 

flow 

A@, = overall mean residence time, s 
A &  = mean residence time difference, s 
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